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ZSM5 washcoated monoliths with zeolite loading ranging from 10 to 60 wt % were
prepared, characterized, and examined for disproportionation of toluene. Toluene con-
version increased with temperature and W/FAo but decreased with washcoat thickness.
The selectivity of the most desirable isomer (p-xylene) increased with a decrease in
temperature, W/FAo and washcoat thickness. The high selectivity to p-xylene indicates
that the initially formed para isomer is easily removed from the zeolite pores in the
thin washcoat to the bulk gas phase preventing further isomerization of the primary
product. A reaction scheme has been proposed for this reaction and the kinetic param-
eters determined for the 10 wt % ZSM5 monolith. A one-dimensional reactor model
was developed to predict the performance of the reactor for disproportionation of tolu-
ene. The model equations were coupled with a module to calculate the concentration
profile in the washcoat by considering the effect of diffusion and reaction. VVC 2011
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Introduction

Out of the several types of structured reactors that have
been investigated as a means of process intensification,
monoliths are the most widely used. Processes using mono-
liths have been commercialized for several gas–solid appli-
cations, such as treatment of automotive exhausts, stationary
emission control, ozone abatement, catalytic incineration,
etc.1–3 Presently, there is growing interest in using monolith
reactors (or monolith catalysts) for other gas–solid and gas-
liquid-solid reactions in the chemical and process industry.
These reactors have the advantage of high geometric surface
area, low pressure drop, efficient mass transfer, enhanced
thermal stability, high mechanical strength, high effective-
ness factors, and ease of product separation.2 A monolithic

catalyst is made by either applying a layer of catalytically
active material or an appropriate support (to be later loaded
with the catalytically active component) on the walls of the
monolith channels. Zeolites are a class of such catalytically
active material, which may be coated on monoliths. The
shape selective nature of zeolites and their acidity make
these very attractive as solid acid catalysts.4 Zeolites may be
coated on the walls of the monolith reactor by washcoating
the monoliths with a zeolite slurry or by hydrothermal syn-
thesis of zeolite films on the walls. The advantage of the
slurry washcoating method is its simplicity, the reactants
need to diffuse only through a short distance to reach the
active catalyst species and ready made catalysts can be de-
posited directly on the substrate. Shorter diffusional distan-
ces lead to higher catalyst efficiency for a fast reaction and a
higher selectivity in case of multiple reactions.5 Studies to
optimize the washcoating technique for washcoating of
zeolites on cordierite monoliths have been reported by
Zamaro et al.6 and Mitra and Kunzru.7 Some of the gas-solid
reactions that have been studied using zeolite washcoated
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monolithic reactors include SCR of NOx, catalytic decompo-
sition of NOx, methanol to gasoline conversion, n-hexane
cracking, ethylation of toluene, etc.8–12

The catalyst in a monolith reactor is located as a thin
layer on the walls of the monolith structure and thus has a
short diffusional distance. In a packed-bed reactor, the size
of the catalyst particle needs to be reduced to reduce the dif-
fusional length, which often leads to excessive pressure drop.
In a monolith reactor, it is possible to simultaneously operate
with a short diffusional length and a low pressure drop.13 For
the same reactor volume, the catalyst loading in a monolith
reactor can be varied by changing the washcoat thickness. A
change in the washcoat thickness also alters the linear velocity
in the channels at constant feed rate as well as the diffusional
distance and hence the product distribution in the case of a
complex reaction network.14,15 Very few experimental stud-
ies14–16 have been reported on the effect of washcoat thick-
ness on the activity and selectivity of monolith catalysts but
none of these are on zeolite washcoated monoliths.

Research in the last few decades has shown that the shape
selective properties of zeolites may be exploited for commer-
cial processes in petroleum refining and petrochemical and
chemical manufacturing.17 Disproportionation of toluene to
yield benzene and a mixture of xylenes is a commercially im-
portant reaction. This reaction is carried out over a variety of
acid catalysts such as mordenite, zeolite Y, and ZSM5.18–22

The reaction has been reported to proceed in two steps—the
disproportionation reaction inside the zeolite pore to produce
primary products of benzene and a mixture of xylenes (with a
predominance of the smaller diameter and faster diffusing
p-xylene) followed by isomerization reaction to yield the final
xylene isomer mixture.23 In most cases, the concentration of
xylene isomers obtained is typically close to the thermody-
namic equilibrium (24.4% o-xylene, 52.1% m-xylene, and
23.5% p-xylene at 700 K).24 However, there is a need to max-
imize the production of the most valuable isomer, p-xylene,
because it can be oxidized to terephthalic acid, which is used
for making polyester films and fibers. In earlier studies, selec-
tivity to p-xylene has been enhanced by modifying the ZSM5
catalysts with boron, magnesium, calcium, lanthanum, cerium
or phosphorous, coke addition, and silica deposition.23,25–27

These modifications result in high p-xylene selectivity but the
activity of these modified ZSM5 catalysts is significantly
lower as the active sites are also blocked during the modifica-
tion process.

Depending on the reaction kinetics and catalyst properties,
it may be possible to control the product distribution in
monolith reactors by altering the thickness of the catalyst
layer and hence the diffusional distance. For the dispropor-
tionation of toluene, the ZSM5 catalyst can be deposited as
thin washcoats on the monolith walls. This would reduce the
pore diffusional resistance of the reactants and products. A
lower pore resistance would increase the rate of toluene
reaction and may also help in preventing the isomerization
of the initially formed p-xylene to other isomers and thereby
enhance its selectivity. Furthermore, several mathematical
models have been proposed to predict the behavior of mono-
lith reactors. Chen et al.28 published a comprehensive review
on the mathematical modeling of monolith catalysts and
reactors for the gas phase reactions. Depending on the objec-
tives, one-dimensional, two-dimensional, or three-dimen-

sional models have been used. Although modeling studies
have been performed on several automobile and nonautomo-
bile applications, to the best of our knowledge, there are no
studies on the modeling of monolith reactors for the dispro-
portionation of toluene.

The aim of this study is to investigate the feasibility of
carrying out the toluene disproportionation reaction in a cor-
dierite monolith washcoated with ZSM5 and to explore the
possibility of increasing p-xylene selectivity by using a
monolith reactor. The effect of temperature, contact time,
and ZSM5 washcoat thickness on toluene conversion and
product distribution was investigated. Based on the product
distribution, a reaction scheme has been proposed and the ki-
netic constants for the reaction have been determined using
a 10 wt % ZSM5 washcoated monolith. The intrinsic
kinetics was then incorporated in a reactor model to predict
the effect of washcoat thickness on the activity and product
selectivities of toluene disproportionation conducted in a
ZSM5 washcoated monolith reactor. Experimental data
determined at different temperatures (573–773 K), W/FAo

(5–22 g h/mol), and washcoat thickness (18–144 lm) were
used to validate the model.

Experimental Procedure

Catalyst preparation

Cordierite monoliths obtained from Corning (Shanghai,
China) having 400 cells per square inch (cpsi) and average
wall thickness of 0.19 mm were used as catalyst supports.
Small sections of monoliths (diameter: 19.5 mm; length:
�30 mm) were obtained by core-drilling from the larger
blocks. These were washcoated with an aqueous slurry of
ZSM5 (Si/Al ¼ 34, NH4 form, surface area ¼ 348 m2/g)
obtained from Sud Chemie (Ahmedabad, India). Before
washcoating, the monoliths were pretreated at 873 K for 2 h
to remove any adsorbed impurities. The average particle size
of the supplied ZSM5 powder was reduced to 2–3 lm by
wet ball-milling in a Fritsch Planetary Mono Mill (Model:
Pulverisette 6). The particle size of the powder was meas-
ured by the laser beam scattering technique using a Malvern
Mastersizer 2000 Particle Size Analyzer. The slurry was pre-
pared by mixing the ZSM5 powder with demineralized water
in a ball-mill till a stable uniform slurry was formed. The
monoliths were vertically immersed in a 30 wt % aqueous the
slurry for 3 min, taken out, and the excess slurry removed
from the channels by air blowing. The coated samples were
dried at 383 K for 2 h and weighed. The coating process was
repeated till the desired loading was reached. The zeolite
loading was varied between 10 and 60 wt %. Zeolite wash-
coat loading was calculated as the weight of zeolite loaded
per unit weight of the bare monolith. The samples were
finally calcined at 823 K for 4 h at a heating rate of 2 K/min.
A slow heating rate was used to minimize cracking of the
washcoated layer. The adherence of the ZSM5 washcoat was
determined by measuring the weight loss during ultrasonica-
tion. For this, the coated monoliths were immersed in acetone
and treated in an ultrasound bath (33 kHz) for 1 h.

The morphology of the ZSM5 washcoated monoliths were
examined by means of a scanning electron microscope
(Model No JEOL 840A) operating at an accelerating voltage
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of 20 keV. The samples were coated with a thin layer of
gold to improve the images and were glued to the sample
holder by silver paint.

The surface area of the as-supplied ZSM5 powder and the
washcoated monoliths was determined by nitrogen physisorp-
tion using the dynamic pulsing technique on a Micrometrics
Pulse Chemisorb 2705 unit. The total flow rate of the gas
(30% N2 and 70% He) was maintained at 16 cm3/min. To
ensure complete removal of moisture, the samples were
degassed in a flow of Ar (20 cm3/min) at 723 K for 4 h
before surface area determination.

The coke deposition on the catalyst after reaction was
determined by thermogravimetric analysis in a TGA instru-
ment (Model: Pyris Diamond, Perkin Elmer, USA). The used
catalyst was heated from 303 to 973 K at 10 K/min in the
presence of flowing oxygen and weight loss determined as a
function of temperature.

Catalytic reaction studies

Reaction studies on the monolith catalysts were carried
out in a continuous downflow vertical reactor made of stain-
less steel (diameter ¼ 19.7 mm, length ¼ 320 mm) at atmos-
pheric pressure. Another stainless steel tube (diameter ¼
3.2 mm, length ¼ 330 mm) attached to the reactor served as
the outlet to facilitate fast removal of the reactor effluents.
The ZSM5 washcoated monolith was placed inside the reac-
tor after the outer surface of the monolith piece was smooth-
ened for a tight fit. A bare monolith piece (length ¼
125 mm) was placed before the active monolith piece to
ensure fully developed flow of the reactants before these
reach the catalyst piece. A thermocouple (Type K; diameter
0.5 mm) was introduced into the monolith channel at the
centre of the catalyst piece for measuring the reaction tem-
perature. A schematic diagram of the experimental setup is

shown in Figure 1. Before each run, the monolith catalyst
was treated in a stream of nitrogen (50 cm3/min) at 823 K
for 2 h. The temperature was then reduced to the reaction
temperature. Toluene (Merck, purity 99.8%) was fed to a
preheater through a pump (Model QG6, FMI Q Pump, USA)
where it was vaporized at 473 K. The reaction was carried
out in an atmosphere of hydrogen to reduce formation of
coke. The vaporized feed was mixed with the hydrogen gas
and then introduced into the reactor.

For the powder (120–85 mesh, diameter: 0.125–0.178
mm) and the pellet (diameter: 1.5 mm; length: 6 mm) cata-
lysts, another stainless steel reactor (diameter: 7 mm; length:
550 mm) was used. The powder or pellet catalysts were
placed on a bed of quartz wool and diluted with quartz par-
ticles to maintain adequate bed height.

The reaction was carried out in the temperature range of
573–773 K at different W/FAo values. The W/FAo was var-
ied between 5 and 22 g h/mol. Toluene to hydrogen ratio
of 1:2 was maintained for all the runs. Reaction runs were
performed over monolith catalysts with different average
washcoat thickness (18–144 lm). To ensure steady state,
the product samples were collected 2 h after the toluene
feed was introduced. The effluent from the reactor was
condensed by passing the vapors through a condenser and
collecting the liquid in a gas–liquid separator surrounded by
ice. A bubble flow meter was used to measure the uncon-
densed gas flow rate and the amount of condensed liquid
was measured at regular intervals. The gaseous and liquid
products were analyzed by gas chromatography using a FID
detector with nitrogen as the carrier gas. A Porapak QS
(length 3 m) packed column and a 5% SP-1200/1.75%
Bentone 34 on 100/120 Supelcoport column (length 3 m)
was used to analyze the gaseous and liquid products, respec-
tively. The carbon balance for all the reaction runs was
within 100% � 5%.

Figure 1. Schematic diagram of the experimental setup.
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Results and Discussion

Catalyst preparation and characterization

The cordierite monoliths were washcoated with ZSM5 by
the slurry method. Previous studies have shown that the
characteristics of the zeolite washcoat layers depend on the
properties of the slurry as well as that of the solid par-
ticles.6,7 The use of a ZSM5 slurry of 30 wt % yielded
washcoated monoliths with adequate homogeneity, reprodu-
cibility, and adherence.

The SEM images of ZSM5 washcoated monoliths of dif-
ferent loadings are shown in Figure 2. As can be seen from
the figure, the washcoat thickness was maximum at the cor-
ners and minimum at the side walls of the monolith channel.
Figure 3 shows the variation in the maximum and minimum
thickness with an increase in ZSM5 loading as measured by
SEM. Initially, the maximum thickness increased linearly
with a higher slope than the minimum thickness, but at
higher loadings the slopes were equal. During coating, ini-
tially, a larger portion of the zeolite accumulates at the cor-
ners as compared with the walls of the square channels. As
the coating proceeds, the geometry of the channels becomes
circular and accumulation of the zeolite at the corners
decreases, resulting in the incremental increase in washcoat
thickness at the corners and the walls becoming identical.
The large variation in the magnitude of the maximum and

minimum washcoat thickness using the slurry washcoating
procedure was also observed by Zamaro et al.,6 Hayes and
Kolaczkowski,29 and Zhang et al.30 The expressions given
by Vergunst et al.14 were used to calculate the geometrical

Figure 2. SEM images of ZSM5 washcoated monoliths: (a) 10 wt %, (b) 28 wt %, (c) 41 wt %, and (d) 60 wt % loading.

Figure 3. Variation in maximum and minimum wash-
coat thickness with washcoat loading.
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surface area (am), void fraction (em), catalyst volume fraction
(xc), and average washcoat thickness (Lc). It should be men-
tioned here that the average washcoat thickness was calcu-
lated as the ratio of the volume fraction of the catalyst to the
geometric surface area. All the above mentioned properties
are a function of minimum and maximum thickness, channel
diameter, corner radius, cell density, and channel wall thick-
ness. With an increase in washcoat loading, Lc and xc
increased, whereas am and em decreased. The values for dif-
ferent washcoat loadings, together with the variations, are
shown in Table 1. As there was a significant difference in
the diffusion length (washcoat thickness) along the sides and
in the corners, the volume fraction of the catalyst that has a
diffusion length longer than the average washcoat thickness
has been calculated. This is denoted as V#/Vcat in Table 1.
This value ranged from 24% to 3% for the monolith load-
ings from 10 to 60 wt %, respectively.

Results of the adherence tests showed that the zeolite
weight loss for monoliths with a loading less than 30 wt %
was 1–2% and up to 5% for the higher loaded monoliths.
Binders were not used during the washcoating process as our
previous studies have shown that adhesion of the washcoat
even without binders is sufficiently high.7

The surface area of the washcoated monoliths was esti-
mated by the volume of nitrogen adsorbed and is given in Ta-
ble 1. The surface area increased with an increase in zeolite
loading in the washcoat. The surface area was essentially that
of the ZSM5 washcoat layer as the surface area of the cordier-
ite is �0.7 m2/g. A comparison of the surface area calculated
per gram of ZSM5 (shown in parenthesis in Table 1) with the
surface area of ZSM5 powder confirmed that particle size
reduction, slurry preparation by wet ball-milling, and calcina-
tion steps result in only minor changes in the effective surface
area of ZSM5. Similar results were obtained in our earlier
study on different zeolites, including ZSM5.7

Catalytic reaction studies

Blank runs, in the absence of any catalyst, were carried
out and the contribution of homogeneous reactions was
found to be negligible. Experiments with uncoated cordier-
ite monoliths resulted in insignificant toluene conversions
confirming that bare cordierite was not active for toluene
disproportionation. The extent of deactivation of the ZSM5
washcoated monolith catalysts was tested by varying the
time-on-stream up to 10 h at 773 K, and the decrease in
toluene conversion with run time was found to be less
than 1.5%. No coke deposition was observed at the end of

the run as determined from TGA. To determine the effect
of external mass transfer resistance, experimental runs were
also carried out at a constant temperature of 773 K and W/
FAo ¼ 10 g h/mol and total flow rates ranging between 35
and 250 cm3/min. For these range of flow rates, the toluene
conversion was constant, implying external diffusional resist-
ance was negligible.

Toluene disproportionation reaction was carried out at
atmospheric pressure on ZSM5 powder, ZSM5 pellets, and
ZSM5 washcoated monoliths having different coating thick-
ness. The conversion vs. W/FAo data for the powder, 10
and 41 wt % ZSM5-coated monolith samples at different
temperatures are shown in Figures 4a–c, respectively. Con-
version vs. W/FAo plots for washcoat loadings of 28 and 60
wt % at 723 K are given later (Figure 8). As expected, for
both powder and monolith catalysts, conversion of toluene
increased with an increase in temperature and W/FAo. The
major products obtained were benzene, p-xylene, m-xylene,
o-xylene, and gaseous hydrocarbons (methane, ethane, ethyl-
ene, and propylene). Low concentrations of ethylbenzene and
C9þ aromatics were also observed in the products but were
neglected in the analysis owing to their insignificant amounts.
When comparing Figures 4b, c, it can be noticed that, at identi-
cal conditions, the conversion was lower on 41% washcoated
monoliths. The product distribution for 10 and 41 wt %
washcoated monoliths at different temperatures is given in
Table 2. Similar reaction products were obtained on powder
and pelletized catalysts by previous workers.26,31

From stoichiometry, when toluene disproportionates,
equimolar concentrations of benzene and xylenes should
be present in the products, but the presence of gaseous
hydrocarbons in the effluent gases reveals that secondary
dealkylation reaction also takes place along with dispro-
portionation. The benzene to xylene ratio in these experi-
ments was very close to 1 and increased with an increase
in temperature and space time, indicating that the presence
of xylenes was required for larger amounts of gaseous
hydrocarbons to be formed, as was also observed by
Uguina et al.31 and Bhaskar and Do.32

The influence of washcoat thickness on the conversion of
toluene at different temperatures and at a constant W/FAo

(10 g h/mol) is shown in Figure 5. For comparison, the con-
version data for the powder and pellet samples are also
shown in the same figure. To obtain a constant W/FAo, the
toluene flow rate was changed according to the amount of
catalyst in the 30-mm long coated monolith. At identical
conditions, similar conversions were obtained with the
ZSM5 powder and monoliths loaded with 10 and 19 wt %

Table 1. Geometric Properties and Surface Area of the Different Washcoated Monoliths

ZSM5
Loading
(wt %)

Minimum
Washcoat
Thickness

(lm)

Maximum
Washcoat
Thickness

(lm)

Corner
Radius
(R, lm)

Geometrical
Surface
Area

(am, m
�1)

Void
Fraction
(em)

Catalyst
Volume
Fraction
(xc)

Average
Washcoat
Thickness
(Lc, lm)

Surface
Area of

ZSM5-Coated
Monolith (m2 g�1)

V#

Vcal
(%)

10 (�0.4) 8.3 (�0.5) 91.9 (�1.8) 193.7 (�2.8) 2578 (�6) 0.67 (�0.00) 0.05 (�0.00) 18 (�0.9) 31.8 (349.8)* 24.2
19 (�0.6) 16.9 (�0.6) 116.9 (�2.4) 224.6 (�6.4) 2490 (�11) 0.63 (�0.01) 0.08 (�0.00) 32 (�1.2) 48.2 (301.9)* 16.1
28 (�0.9) 22.9 (�0.6) 186.6 (�5.1) 372.4 (�10.0) 2273 (�16) 0.56 (�0.01) 0.15 (�0.01) 66 (�3.2) 62.8 (287.1)* 13.1
41 (�1.7) 31.8 (�2.9) 215.3 (�8.4) 411.0 (�10.5) 2174 (�29) 0.52 (�0.01) 0.19 (�0.01) 89 (�7.2) 94.2 (324.0)* 8.9
60 (�2.8) 59.9 (�7.3) 268.6 (�17.8) 443.8 (�17.9) 1971 (�64) 0.43 (�0.03) 0.28 (�0.03) 144 (�19.0) 118.3 (315.5)* 3.0

*Values in parenthesis are surface area of ZSM5-coated monoliths calculated per gram. V#

Vcal
¼ Volume fraction of catalyst with thickness greater than the average

washcoat thickness.
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ZSM5. However, at higher loadings, conversion decreased
with an increase in washcoat thickness. The data suggests
that beyond a loading of 19%, the conversion is affected by
diffusional resistances. As for the pellet samples, the larger
characteristic diffusion length and the presence of binder fur-
ther reduced the conversion of toluene.

Figures 6a, b show the variation in p-xylene to o-xylene
ratio and p-xylene to m-xylene ratio with conversion at 573
K for monoliths at different washcoat loadings of ZSM5,
powdered, and pellet catalyst. The thermodynamic equilib-
rium concentration of xylene isomers at 573 K is 22.5%
o-xylene, 53.4% m-xylene, and 24.1% p-xylene. Therefore,
at equilibrium, the ratio of p-xylene to o-xylene should be
�1.1 and that of p-xylene to m-xylene should be �0.45. These

are shown as dotted lines in Figure 6. For all the monolith
samples, the para-selectivity was higher than the equilibrium
value and decreased with an increase in washcoat thickness.
The p-xylene to o-xylene and p-xylene to m-xylene ratios of
the 19 wt % loaded monoliths were similar to the 10 wt %
loaded monoliths but are not shown here for the sake of clarity.
It should be noted that the p-xylene to o-xylene ratio and the
p-xylene to m-xylene ratio for the powdered catalyst were
lower than for the 10 wt % loaded monolith. This could be
due to some diffusional resistance in the transport of the prod-
ucts from the interior of the powdered catalyst or the different
catalyst bed configuration. As can be seen from the figure, the
experimental ratios were substantially different from the equi-
librium values. The high values for para to ortho and para to
meta ratios indicate that p-xylene is probably the first isomer
formed. The initial nonequilibrium mixture of the three isomers
further reacts to form the equilibrium mixture of the three xy-
lene isomers. Nayak and Riekert33 have previously reported
that thermodynamically as well as kinetically, p-xylene is the
most favored compound in the xylene mixture and it later iso-
merizes to yield the equilibrium mixtures of the three isomers.
It was also observed that the ratio of para to ortho and para to
meta decreased with an increase in temperature. The isomeriza-
tion activity is enhanced with temperature and the difference in
the diffusion rates of both p-xylene and o-xylene, and p-xylene
and m-xylene decrease leading to the change in the ratios.34

In the washcoated monoliths, the catalyst is present as thin
layers on the cordierite walls resulting in more zeolite channel
openings being exposed for reactant entrance and product
exit.12 p-Xylene has the smallest molecular diameter amongst
the three isomers and a configurational diffusivity which is
1000 times more than that of the meta and ortho isomers.23

Thus, it can diffuse out of the ZSM5 pores as soon as it is
formed into the bulk phase without getting a chance to isom-
erize further. As the washcoating thickness increases, the dif-
fusional path length becomes longer. With increasing transport
limitations, the selectivity to p-xylene decreases as it has a
chance of being readsorbed and isomerized further. Kunnieda
et al.35 reported that in the toluene disproportionation reaction,
selectivity to p-xylene formation was not governed by the first
disproportionation step but the subsequent step of diffusion or
isomerization of product xylene was controlling.

Reaction scheme

The toluene disproportionation reaction essentially pro-
duces benzene, xylenes, and gaseous hydrocarbon as the
products. For all the reaction runs, it was observed that
among the three xylene isomers, p-xylene was formed pre-
dominantly at low conversions. Thus, the first reaction in the
reaction scheme was assumed to be the conversion of tolu-
ene to benzene and p-xylene as shown in Eq. 1 below. This
p-xylene may then form meta and ortho isomers either by a
series or a triangular network. There is a general agreement
that the isomerization reaction between xylene isomers
occurs via the 1,2 shift of the methyl group.23,36,37 Transfor-
mation of p-xylene into o-xylene (or vice versa) directly is
not feasible and can be only through the m-xylene intermedi-
ate. Therefore, the next two reactions were taken to be the
formation of m-xylene from p-xylene and formation of o-xy-
lene from m-xylene as shown in Eqs. 2 and 3 below. The

Figure 4. Conversion vs. W/FAo for ZSM5-coated mono-
lith samples at different temperatures: (a) Pow-
der catalyst, (b) 10 wt % ZSM5-coated mono-
lith, and (c) 41 wt % ZSM5-coated monolith.
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gaseous hydrocarbons in the product are formed by dealkyla-
tion reaction of either toluene or xylene. Previous work by
Uguina et al.31 on powder ZSM5 catalyst using p-xylene as
feed showed that p-xylene, apart from isomerizing into m-
and o-xylene, forms a large portion of toluene and gaseous
hydrocarbon and a very small amount of benzene. This
essentially reveals that p-xylene dealkylates to a great extent.
In the toluene disproportionation reaction, benzene is formed
as a primary product and not due to dealkylation of toluene.
Hence, it can be concluded that the gaseous hydrocarbons
formed were mainly due to dealkylation of p-xylene. Based
on this, the reaction scheme proposed for the toluene dispro-
portionation reaction in washcoated monoliths is

(1)

(2)

(3)

(4)

The first 3 reactions are reversible while the dealkylation
step is an irreversible one. The rate expressions were written
assuming that for all the reactions, the order corresponded to
the stoichiometric coefficients. Uguina et al.31 also assumed
similar equations for the kinetic modeling of the toluene dis-
proportionation reaction. The rate expressions of the four
reactions given above are as follows:

r1 ¼ k1 p2T �
pBpPX
K1

� �
(5)

r2 ¼ k2 pPX � pMX

K2

� �
(6)

r3 ¼ k3 pMX � pOX
K3

� �
(7)

r4 ¼ k4pPX (8)

Table 2. Product Distribution for 10 and 41 wt % Washcoated Monoliths at Different Temperatures (W/FAo 5 10 g h/mol)

Washcoat Loading 10 wt % 41 wt % 10 wt % 41 wt % 10 wt % 41 wt % 10 wt % 41 wt % 10 wt % 41 wt %

Temperature (K) 573 623 673 723 773
Conversion (%) 1.91 1.42 6.18 4.63 12.09 10.05 25.41 21.33 44.66 37.47
Products mol % mol % mol % mol % mol %
Methane 0.01 0.08 0.01 0.15 0.03 0.22 0.07 0.24 0.21 0.28
Ethane 0.01 0 0.05 0.09 0.13 0.14 0.31 0.16 0.83 0.17
Ethylene 0.02 0.06 0.04 0.15 0.06 0.41 0.06 0.52 0.10 0.94
Propylene 0.40 0.32 0.74 0.35 0.71 0.48 0.71 0.59 0.72 0.60
Benzene 48.59 48.64 48.43 48.98 48.68 49.13 48.78 49.40 50.22 49.63
Ethylbenzene Trace 0.03 0.01 0.04 0.01 0.05 0.01 0.06 0.02 0.09
p-Xylene 25.11 22.21 18.84 16.67 17.46 15.17 14.35 13.85 13.13 12.95
m-Xylene 20.78 23.08 24.74 25.22 24.80 25.25 26.04 25.02 24.71 24.38
o-Xylene 5.06 5.54 7.11 8.28 8.06 9.07 9.58 9.92 9.97 10.85
C9þ compounds 0.02 0.04 0.03 0.07 0.06 0.08 0.08 0.09 0.10 0.11

Figure 5. Influence of washcoat thickness on the con-
version of toluene at different temperatures
(W/FAo 510 g h/mol).
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Based on the rate expressions given above, the net rates of
formation of the different species are as follows:

RT ¼ �2r1 þ r4 (9)

RB ¼ r1 (10)

RPX ¼ r1 � r2 � r4 (11)

RMX ¼ r2 � r3 (12)

ROX ¼ r3 (13)

RGH ¼ r4 (14)

Intrinsic kinetics

It was observed from Figure 5 that the conversions for the
10 wt % (average washcoat thickness ¼ 18 lm) and 19 wt %
(average washcoat thickness ¼ 32 lm) loaded monoliths were
equal and with further increase in washcoat thickness, the con-
version declined. This data shows that in these low loading cat-
alysts, diffusional resistances do not affect the measured rate of
reaction and the kinetic constants determined for the 10 wt %
loaded samples will be the intrinsic values. The para selectivity
for the powder catalyst (average diameter ¼ 152 lm) was
lower than that for the 10 and 19 wt % loaded monoliths,
although the conversions were similar (refer Figures 5 and 6).
Hence, rate from the powder catalyst experiments were not
used for determination of intrinsic kinetics.

The experimental net rates of formation of the different
species (Ri) were obtained from the slopes of the plot of the
mole fraction of the different product species vs. W/Fo. The
equilibrium constants, Ki

0s, for the three reaction steps (Eqs.
5–7) at different temperatures were estimated from the Gibbs
free energy change of the respective reaction which was calcu-
lated from the standard Gibbs free energy of formation of the
products and reactants.38 The rates of the individual reactions
(r1–r4) were calculated from the species reaction rates by
simultaneously solving Eqs. 9–14. The rate constants (k1–k4)
for the individual reactions at five different temperatures were
estimated by nonlinear regression of the experimental rates and
partial pressures of the reactant and product species by Leven-
berg-Marquardt method using Polymath 5.1. The values of the
pre-exponential factor and the activation energy of the different
reactions, together with their 95% confidence limits, are tabu-
lated in Table 3. A comparison between the experimental rates
and those calculated using the estimated kinetic parameters for
the four reaction steps is shown in Figure 7. A reasonably
good agreement was observed between the predicted and the
experimental rates with R2 values ranging from 0.898 to 0.985.

The activation energy calculated for the first disproportio-
nation step is within the range of 65–99 kJ/mol reported by
other investigators over ZSM5.20,26,31,39 The activation
energy for the p-xylene isomerization step was higher than
the value of 21.43 kJ/mol reported by Li et al.40 For wash-
coated monoliths, higher activation energy for the p-xylene
isomerization step implies that the formation of m-xylene
from p-xylene is relatively difficult, which is supported by
the high para selectivity. The activation energy for the m-

Figure 6. Variation of molar ratio of p-xylene to o-xy-
lene and m-xylene with W/FAo for ZSM5
washcoated monoliths at different washcoat
loadings (Temperature: 573 K): (a) p-Xylene/o-
xylene and (b) p-xylene/m-xylene.

Table 3. Kinetic Parameters for the Toluene Disproportionation Reaction

Reaction

Activation Energy (J/mol) Pre-Exponential Factor

Value 95% Confidence Limit Value 95% Confidence Limit

2T! 
k1

k�1

Bþ PX 85,570 538.8 6.94 � 10�6 mol/kg s Pa2 2.11 � 10�7

PX! 
k2

k�2

MX 33,060 176.9 1.03 � 10�3 mol/kg s Pa 9.17 � 10�5

MX! 
k3

k�3

OX 41,460 878.1 1.19 � 10�3 mol/kg s Pa 5.51 � 10�5

PX!k4 Tþ GH 42,146 1736.5 3.08 � 10�4 mol/kg s Pa 5.87 � 10�5
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xylene isomeization step reported by Li et al.40 and Al-Khat-
taf34 were 46.29 and 43.33 kJ/mol, respectively, and this
matches well with the data in this work. Li et al.40 also
reported an activation energy of 47.45 kJ/mol for the p-xy-
lene dealkylation step. In this study, the activation energy of
dealkylation (42.2 kJ/mol) is greater than for p-xylene isom-
erization (33.1 kJ/mol). This is expected as the energy
required to remove a methyl group should be higher than a
1,2 intramolecular methyl transfer.40

Reactor model

A large number of monolith reactor models with varying
degrees of complexity have been developed by different
researchers.28 One-dimensional reactor models have been suc-
cessfully used to understand the behavior of monolith reactors
for reactions such as selective catalytic reduction of NOx,

41,42

methanation of carbon monoxide,43 methanol to gasoline,11

automobile catalytic converters,44,45 etc. The concentration and
temperature profiles along the axial direction were usually con-
sidered in a one-dimensional model. In most of these cases, the
pore diffusional resistance within the catalyst layer was assumed
to be negligible.45 Later studies have shown that neglecting in-
ternal mass transfer limitations can lead to erroneous conclu-
sions regarding the performance of monolith reactors.46–48

In this study, a one-dimensional model was developed for
the monolith reactor. The effect of washcoat thickness was
studied by considering the diffusion and reaction inside the
washcoat layer.

The different assumptions used in the mathematical model
are as follows:

1. The reactor operates under isothermal and steady-state
conditions. The heat of reaction for the toluene disproportio-
nation reaction is very small (�2.3 kJ/mol at 773 K).

2. The flow is fully developed in all but a small section at the
channel inlet of the reactor. According to Irandoust and Ander-
sson,3 the length required to obtain a fully developed concentra-
tion profile can be estimated from, z/d ¼ 0.05 Sc Re. In case of
the experiments in this study, this length is �0.05 mm.

3. The axial velocity of the gases is equal in all the chan-
nels of the monolith.

4. A plug flow reactor model is assumed, i.e., there are
no concentration or velocity gradients in the radial direction
in the open area of the monolith channels. A criterion based
on superficial gas velocity, channel diameter, reactor length,
and geometry has been published by Berger and Kapteijn49

for estimating the influence of radial mass transport on the
conversion on washcoated monoliths. This criterion showed
that, for the experimental runs in this study, radial concentra-
tion gradients were absent.

Figure 7. Comparison between the calculated and experimental reaction rates for different reaction steps: (a)
Toluene disproportionation, (b) p-xylene isomerization, (c) m-xylene isomerization, and (d) dealkylation
of p-xylene.
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5. The gas phase reactions are negligible and reaction
occurs only in the zeolite washcoat. The catalytic activity is
uniformly distributed throughout the coating layer and the
deactivation of the catalyst is insignificant.

6. There is no transfer of mass between adjacent mono-
lith channels.

The differential mass balance equations for each species,
i, participating in j reactions, in the axial direction z of the
monolith reactor is given by

dFi

dz
¼ AqBRigi; i ¼ 1� 6 (15)

where 1: toluene, 2: benzene, 3: p-xylene, 4: m-xylene, 5:
o-xylene, 6: gaseous hydrocarbons

Ri ¼
X
j

aijrj; j ¼ 1� 4 (16)

Boundary condition: Fi ¼ Fi0 at z ¼ 0 (17)

In the model, internal diffusion inside the monolith washcoat was
considered along with catalytic reactions. The intrinsic rate
expressions determined earlier were used for calculating the
effectiveness factors for the monolith reactor. The catalyst
washcoat was assumed to be a slab with the average washcoat
thickness (Lc) as the characteristic length. This assumption was
justified by the observations of Roy et al.50 They determined the
relationship between effectiveness factor and Thiele modulus for
monoliths of different shapes and found that when characteristic
length is defined as the ratio of catalyst volume fraction to the
external surface area, the effectiveness factor vs. Thiele modulus
plot formonolithswith square and roundgeometries and that for the
slab and sphere pellet configuration collapse to the same curve. For
catalyst effectiveness, the slab correlation seems to be universally
applicable for monoliths of all shapes.

The mass balance of any species, i, across a slice of wash-
coat of thickness, dx, at an axial position z results in a sec-
ond-order differential equation in the x direction, where x is
the dimensionless coordinate normal to the washcoat.

De;i
d2Ci

dx2
¼ �qcLc2Ri; i ¼ 1� 6 (18)

where Ri is given by Eqs. 9–14

and Ci ¼ FiP
Fi þ FH2

� P

RT
(19)

For use in Eq. 18, the intrinsic rates of Eqs. 5–8 were
expressed in terms of concentration of the species.

The boundary conditions for Eq. 18 are

Ci ¼ Ci;b at x ¼ 0 (20)

and
dCi

dx
¼ 0 at x ¼ 1 (21)

Also, the effectiveness factor for each reaction can be
evaluated as

gj ¼

Rx¼1
x¼0

rj Ci;Tð Þdx

rj Ci;b; T
� � (22)

The effectiveness factor for each species can be estimated
from

gi ¼

Rx¼1
x¼0

Ri Ci;Tð Þdx

Ri Ci;b; T
� � (23)

where Ri is given by Eq. 16.
Thus, Eq. 15 can also be written as

dFi

dz
¼ AqB

Zx¼1
x¼0

Ri Ci; Tð Þdx (24)

The set of ordinary differential equations for the reactor (Eq.
24) was solved using the Runge-Kutta algorithm to obtain the
molar flow rates of the six species, benzene, toluene, p-xylene,
m-xylene, o-xylene, and gaseous hydrocarbons, at the outlet of
the reactor. These were coupled with the module to solve the
mass-balance equations inside the washcoat at each incre-
mental Dz. The catalyst mass-balance equations (Eq. 18) were
converted to a system of coupled nonlinear algebraic equations
using the orthogonal collocation technique. The algebraic
equations are given below.

De;i

XNþ2
k¼1

BikCi;k þ qcL
2Ri;k ¼ 0 (25)

where Ri;k ¼
X
j

aijrj;k (26)

with the boundary conditions : Ci;Nþ2 ¼ Ci;b at x ¼ 0

(27)

and
XNþ2
k¼1

AikCi;k ¼ 0 at x ¼ 1 (28)

The concentration profile of all the species in the washcoat
was estimated at five collocation points in the washcoat. Use
of higher number of collocation points did not appreciably
affect the concentration profile. The values of the elements of
the matrices Aik and Bik in Eqs. 25 and 28 were determined
using the procedure given in Gupta.51 The values of the
concentrations of the species determined at each collocation
point were used to calculate the rate of each reaction at every
collocation point (Eqs. 5–8). The reaction rates determined at
each collocation point were subsequently used to obtain the
volume averaged rates of the four reactions in the washcoat
using the quadrature weightage values, as

XNþ2
k¼1

xikrj;k ¼ rj (29)

where xik is the quadrature weightage.51

The rates of formation of the different species were calcu-
lated using volume averaged rates of the individual reactions
using Eqs. 9–14. These rates for the species were then used
for mass-balance equation for the reactor (Eq. 24). The
effective diffusivities of the different species (De,i) were
used as adjustable parameters and the optimal values were
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determined by minimizing the residual sum of squares
between the calculated and experimental exit molar flow
rates of toluene, benzene, p-xylene, m-xylene, o-xylene, and
gaseous hydrocarbons over all the runs.

The objective function was defined as

OBJ ¼
X15
k¼1

X6
i¼1

Fexp tal
i � Fcalculated

i

Fcalculated
i

 !2

ð30Þ

Levenberg-Marquardt algorithm was used to minimize the
objective function. All the calculations were performed using
codes written in Matlab. The code was initially tested with a
first-order reaction in the monolith reactor and the results were
found to match with the analytical solution.

The conversion and product selectivity in monolith reac-
tors may be influenced by both external and internal mass
transfer limitations. As was stated earlier, the external mass
transfer resistance was found to be negligible in this study.
The washcoated monoliths were prepared by coating with a
slurry of ZSM5 particles having an average diameter of 2–3
lm. These particles were made up of smaller ZSM5 crystals.
In such a washcoat, most of the catalytic sites reside inside
the zeolite crystals, and the transfer of the gaseous reactant
from the bulk gas to the interior of the zeolite crystals will
consist of three steps: diffusion through the pores of the
washcoat to the surface of the particles, diffusion through
the pores between the zeolite crystals (intercrystalline diffu-
sion), and the diffusion through the micropores of the zeolite
crystal (intracrystalline diffusion). The transfer of the prod-
ucts from the interior of the zeolite crystals to the bulk gas
phase will follow a reverse path. The influence of intracrys-
talline diffusion in the zeolite crystals on the observed
kinetics was estimated using the Weisz Prater criterion with
the zeolite crystal size as the characteristic length. This crite-
rion states that, to ensure g [ 0.95 in an isothermal catalyst
particle with first-order reaction,

Robsr
2
p

CsDe

\ 1 (31)

Weisz later showed that for a second-order reaction the
numerical value of the right-hand side in the above equation is
0.3.52

The highest toluene disproportionation rate obtained in this
study was at a temperature of 773 K and W/FAo of 5 g h/mol.
At these reaction conditions, the toluene disproportion rate
(Robs) in the monolith with a washcoat thickness of 18 lm
was 1.658 � 10�2 kmol/m3 s. The surface concentration of
toluene was 5.25 � 10�3 kmol/m3 and the average crystal
size of the ZSM5 as determined from XRD was 37.34 nm.
The effective diffusivity to be used in the Weisz-Prater crite-
rion is difficult to determine as it may be influenced by surface
diffusion, adsorption, and configurational diffusion. The con-
tribution from surface diffusion becomes significant when the
temperatures are low and there is considerable physical adsorp-
tion.53 The temperatures used in this study (573–773 K) were
much higher than the boiling point of toluene (383 K) and
the molecules are likely to be chemisorbed. Therefore, sur-
face diffusion which is significant at low temperatures may
not be important here and its influence on effective diffusiv-

ity was neglected. However, adsorption affects the effective
diffusivity in the zeolite crystals. As discussed by Xiao and
Wei54 and Masuda,55 the effective diffusivity in the zeolite
channels, De, is related to the configurational (intracrystalline)
diffusivity, Dcon, and the partition factor, H, as

De ¼ H � Dcon (32)

where H is the ratio of the concentration of the adsorbate
molecule in zeolite crystals to that in the gas phase. H
decreases with temperature, whereas Dcon increases with
temperature. The activation energy of effective diffusivity is
given by (E þ DH) where E is the activation energy of
configurational diffusivity and DH is the heat of adsorption.
The variation of De with temperature depends on the relative
magnitudes of the activation energy of configurational
diffusion and the heat of adsorption. From the data of Masuda
and Hashomoto,56 the value of H for toluene on ZSM5 at 573
K was estimated as 852.7, and the adsorption enthalpy of
toluene on ZSM5 has been reported to be �54 kJ/mol.57 Using
the data of Masuda et al.,57 the configurational diffusivity of
toluene on MFI type zeolite (SiO2/Al2O3 ratio ¼ 40) at 573 K
was approximated as 1.8 � 10�14 m2/s, and the activation
energy for configurational diffusivity for toluene in ZSM5 was
estimated to be 46 kJ/mol. Thus, De for use in Eq. 31 for the
zeolite channels could be expressed as,

De m2=s
� � ¼ 1:53� 10�11 exp 962:23

1

T
� 1

573

� �� �
(33)

According to Eq. 33, De decreases slightly with temperature
and the value at 773 K was 9.91 � 10�12 m2/s. Similar
dependency of effective diffusivity with temperature has been
reported for benzene in zeolite Y and mordenite, ethane in b
zeolite, and hexane and decane in zeolite Y.55,58 The effective

Figure 8. Experimental and calculated toluene conver-
sions at different W/FAo for monoliths with
28, 41, and 60 wt % loading (Temperature:
723 K).
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diffusivity estimated at 773 K from the above data was used in
the Weisz-Prater criterion. This resulted in the left hand side
being equal to 0.0004, which satisfies the Weisz-Prater
criterion for second-order reactions. This shows that the
concentration gradient in the zeolite crystal was insignificant
and the entire volume of the zeolite crystal was effective in the
toluene disproportion reaction. Beltrame et al.20 and Uguina
et al.31 also found negligible intracrystalline diffusion
resistance in the ZSM5 channels for the toluene disproportio-
nation reaction. Intracrystalline diffusion in zeolite crystals
was also found to be insignificant by Herring et al.59 for the
reaction of methanol or dimethylether to hydrocarbons over
ZSM5 catalysts.

The ZSM5 crystals agglomerate to form powder particles
with intercrystalline pores in the range of 3.6–5.7 nm, as
determined from the pore-size distribution data of the milled
ZSM5 powder. The relative importance of diffusional influ-
ences in the intercrystalline pores and zeolite channels (intra-
crystalline pores) was evaluated by determining De/Rp

2 for
the powder (average size: 2.5 lm) and the zeolite crystals
(average size: 37.34 nm).55 The effective diffusivity in the
intercrystalline pores was calculated using the random pore

model by considering both bulk and Knudsen diffusion.60 The
intercrystalline porosity was assumed to be 0.5. Calculations
showed that for these conditions, Knudsen diffusion was con-
trolling and De in the intercrystalline pores at 773 K was in
the range of 1.63 � 0.37 � 10�7 m2/s. The De in the intra-
crystalline pores of the ZSM5 crystal was 9.91 � 10�12 m2/s,
as estimated earlier. Thus, De/Rp

2 for the zeolite crystals and
the powder were 7.11 � 103 and 1.04 � 105, respectively.
This shows that the diffusion rate in the intracrystalline pores
was slower than that in the intercrystalline pores. As discussed
earlier, the Weisz-Prater criterion was satisfied for the crystals
which had a slower diffusion rate; therefore, it can be rea-
soned that the diffusion resistance in the intercrystalline pores
in the powder particles was also negligible.

To estimate the diffusional resistance in the washcoat it is
essential to know the effective diffusivity of the reactant and
product gases in the washcoat. Earlier studies have revealed
that knowledge of the washcoat characteristics is essential to
correctly represent the rate of diffusion in the washcoat.30

Diffusion could be dominated by bulk or Knudsen diffusion
or a combination of the two depending on the size of the
pores in the washcoat matrix. The two commonly used

Figure 9. Comparison of experimental and calculated molar flow rates of products (Temperature: 573–723 K):
(a) Benzene, (b) p-xylene, (c) m-xylene, and (d) o-xylene.
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models to estimate the effective diffusivity are the parallal pore
model and the random pore model. Although there are no stud-
ies on experimental measurement of effective diffusivity in a
zeolite washcoat, there are some reports of experimental studies
carried out on c-alumina and three-way catalyst washcoats.
Hayes et al.61 measured the effective diffusivity of methane in
nitrogen through alumina washcoat and cordierite, and com-
pared it with the values obtained from parallel-pore and random
pore model. They showed that values calculated from the ran-
dom pore model were 3–7 times larger than the measured val-
ues. Values calculated from the parallel-pore model were in
good agreement with the experimental results when the tortuos-
ity values of 8.1–8.5 were used. These values are larger than
what is usually used for porous systems. Hence, estimation of
effective diffusivity by either of the models has its own limita-
tions. In this model, the effective diffusivities of the components
in the zeolite washcoat were taken as adjustable parameters for
estimating the outlet product composition for disproportionation
of toluene using monoliths of varying washcoat thickness.

Comparison of the calculated and experimental conver-
sions of toluene as a function of W/FAo at 723 K is pre-
sented in Figure 8 for washcoat loadings of 28, 41, and
60 wt %. The experimental and calculated molar flow rates
of benzene, p-xylene, m-xylene, and o-xylene in the temper-
ature range of 573 and 723 K are compared in Figure 9. The
reasonably good fit shows that the model could satisfactorily
predict the experimentally measured toluene conversion and
product molar flow rates for all the runs. To further check
the adequacy of the model, the residuals were plotted against
zeolite washcoat thickness and are shown in Figure 10 for
all temperatures. The residuals were found to be scattered
both above and below the reference line for all products and
washcoat thicknesses. The residuals did not exhibit any sys-
tematic variation confirming that the model represented the
data adequately.

The statistical significance of the model and its adequacy
were tested by means of the F-tests for regression and lack
of fit. For regression, the F-ratio was calculated as the ratio

Figure 10. Variation of residuals with zeolite washcoat thickness: (a) Benzene, (b) p-xylene, (c) m-xylene, and
(d) o-xylene.
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of the regression sum of squares and the residual sum of
squares, whereas for lack of fit, the F-ratio was the ratio of
sum of squares due to lack of fit and the sum of squares due
to pure error.62 The calculated values showed that at all tem-
peratures the regression was significant, as the F-ratio calcu-
lated for regression was greater than the F-statistic value and
the lack of fit was not significant, as the F-ratio of lack of fit
to pure error was less than the F-statistic value at a 95%
confidence level.

The estimated values of the effective diffusivities of the
different species between 573 and 723 K along with the
average relative errors (e) are given in Table 4. The pore-
size distribution in the zeolite washcoat in the monoliths
revealed pore sizes in the range of 18.5–40 nm. The
effective diffusivity values estimated in this study indicate
that Knudsen diffusion is controlling in the washcoat. No
published information is available on the experimental
determination of effective diffusivities in zeolite washcoats.
However, the values of the effective diffusivities deter-
mined in the studies on c-alumina and three-way catalyst
washcoats revealed that Knudsen diffusion was dominant
in the washcoat pores.30,62,63 The estimation of the differ-
ent diffusion resistances in the washcoat indicate that the
slowest mass transfer step in this washcoated monolith re-
actor is the diffusion through the pores in the washcoat,
rather than intercrystalline diffusion, intracrystalline diffu-
sion or external mass transfer.

Further, the data at 773 K was used to check the predic-
tive capacities of the model. Using the effective diffusivities
estimated as above at four temperatures (573, 623, 673, and
723 K) and assuming an Arrhenius dependency, the effective
diffusivities of the different components at 773 K were
determined. These values were then used in the model to

calculate the outlet molar percentages of the products for
41 wt % ZSM5-coated monolith at 773 K and the results are
shown in Figure 11.

The variation of effectiveness factor of the first reaction
(toluene disproportionation step, Eq. 1) with temperature for
the three washcoat thickness calculated at the entrance of the
reactor is shown in Figure 12. Because, the temperature de-
pendence of the reaction rate is stronger than that of the dif-
fusivity, the effectiveness factor decreases with increasing
temperature. The effectiveness factor decreased with an
increase in washcoat thickness due to higher diffusional
resistance in the washcoat.

Conclusions

ZSM5-coated monoliths with loading ranging from 10 to
60 wt % are active for the toluene disproportionation reaction.
Toluene conversion is enhanced by increasing temperature
and W/FAo, similar to a ZSM5 powder catalyst. An increase
in washcoat thickness, however, decreases conversion as
thicker washcoats result in an enhancement of diffusional lim-
itations. Use of monoliths lead to products (benzene, xylene
isomers, and gaseous hydrocarbons) similar to packed bed
reactors. The monolith catalysts are selective for p-xylene and
the para selectivity is higher than the equilibrium value. The
p-xylene selectivity depends on temperature and washcoat
thickness. The high p-xylene selectivity, especially, for mono-
liths with thin washcoats is most likely due to the quick and
efficient diffusion of the initially formed p-xylene from the

Table 4. Estimated Effective Diffusivities From Model

Temperature (K)

Diffusivity of the Different Components (m2/s)

Toluene Benzene p-Xylene m-Xylene o-Xylene Gaseous Hydrocarbons e

573 1.57 � 10�7 1.25 � 10�7 1.09 � 10�8 1.19 � 10�8 1.96 � 10�8 3.57 � 10�7 0.284
623 4.77 � 10�7 2.27 � 10�7 2.50 � 10�8 3.58 � 10�8 4.78 � 10�8 6.16 � 10�7 0.522
673 6.93 � 10�7 4.31 � 10�7 4.02 � 10�8 6.59 � 10�8 7.19 � 10�8 8.62 � 10�7 0.188
723 8.01 � 10�7 9.15 � 10�7 9.06 � 10�8 9.71 � 10�8 1.03 � 10�7 1.04 � 10�6 0.233

Figure 11. Comparison between experimental and cal-
culated mol % products for 41 wt % ZSM5-
coated monolith (Temperature: 773 K).

Figure 12. Variation of effectiveness factor for tolu-
ene disproportionation step (Eq. 1) with
temperature.
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zeolite pores into the bulk gas phase preventing further isom-
erization of the primary product.

A four step reaction scheme can satisfactorily represent
the product distribution for toluene disproportionation in
monoliths. Kinetic constants determined for these reactions
for the 10 wt % ZSM5-coated monolith are found to be in
agreement with previously reported literature values. A one-
dimensional reactor model, coupled with a module to deter-
mine the concentration profile in the catalyst washcoat, can
satisfactorily predict the performance of the monolith reactor
for this reaction. The estimated values of the effective diffu-
sivities in the catalyst washcoat show that Knudsen diffusion
is controlling in the pores of the washcoat. The intracrystal-
line diffusion resistance in the ZSM5 crystals and the inter-
crystalline diffusion in the powder are negligible for this
reaction and the effective diffusivity is mainly limited by
diffusion through the washcoat pores. The results of this
study should be helpful in determining the optimum condi-
tions for enhancing the yield of p-xylene from disproportio-
nation of toluene.

Notation

am ¼ geometrical surface area of monolith (m�1)
A ¼ flow area in the monolith channels (m2)

Aik ¼ discretization coefficient matrix for orthogonal collocation
Bik ¼ discretization coefficient matrix for orthogonal collocation
Ci ¼ concentration of component i (mol m�3)

Ci,b ¼ concentration of component i in bulk gas phase (mol m�3)
Ci,k ¼ concentration of component i at the kth collocation point

(mol m�3)
Cs ¼ reactant concentration at the external surface of the particle

(mol m�3)
Dcon ¼ configurational diffusivity (m2 s�1)
De ¼ effective diffusivity (m2 s�1)
De,i ¼ effective diffusivity of component i (m2 s�1)
E ¼ activation energy of configurational diffusivity (J mol�1 K�1)
Fi ¼ molar flow rate of component i (mol s�1)
Fio ¼ molar flow rate of component i at the inlet (mol s�1)
FH2
¼ molar flow rate of hydrogen (mol s�1)

Fo ¼ total molar flow rate at the inlet (mol s�1)
H ¼ partition coefficient (dimensionless)

DH ¼ heat of adsorption (J mol�1 K�1)
kj ¼ rate constant for the forward reaction (mol kg�1 s�1 Pa�n)

k�j ¼ rate constant for the backward reaction (mol kg�1 s�1 Pa�n)
Kj ¼ thermodynamic equilibrium constants for the reaction

(dimensionless)
L ¼ reactor length (m)
Lc ¼ average washcoat thickness (lm)
n ¼ the order of the reaction
N ¼ number of collocation points
P ¼ reaction pressure (Pa)
pi ¼ partial pressures of species (Pa)
R ¼ universal gas constant (J mol�1 K�1)
Rp ¼ radius of the catalyst particle (m)
rj ¼ rate of reaction j (mol kg�1 s�1)

rj,k ¼ rate of reaction j at the kth collocation point (mol kg�1 s�1)
Ri ¼ rate of formation of component i (mol kg�1 s�1)

Ri,k ¼ rate of formation of component i at the kth collocation point
(mol kg�1 s�1)

Robs ¼ observed rate of reaction per unit particle volume (mol m�3 s�1)
rp ¼ radius of the particle (m)
T ¼ reaction temperature (K)
W ¼ weight of ZSM5 loaded on monolith (kg)
x ¼ normalized coordinate in the washcoat (dimensionless)
xc ¼ catalyst volume fraction (dimensionless)
yi ¼ mole fraction species i (dimensionless)
z ¼ axial coordinate of monolith reactor (m)

Greek letters

aij ¼ stoichiometric coefficient of ith component of jth reaction
e ¼ average relative error (dimensionless)

em ¼ void fraction (dimensionless)
gi ¼ effectiveness factor for component i (dimensionless)
gj ¼ effectiveness factor for reaction j (dimensionless)
qB ¼ washcoat density of the monolith (kg m�3 of monolith)
qc ¼ density of the ZSM5 washcoat (kg m�3 of washcoat)
xik ¼ quadrature weightage (dimensionless)
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